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Highlights: 
 Reactive crystallisation has been integrated into liquid-liquid membrane contactor.  
 Reactive crystallisation within the lumen of a hydrophobic membrane contactor demonstrated 
for the first time. 
 The use of an antisolvent is introduced to control solubility and maximise product yield. 
 High quality crystalline ammonium sulphate can be produced as a saleable solid product. 
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Abstract 
In this study, reactive crystallisation is introduced into a liquid-liquid membrane contactor for the 
selective separation, purification and recovery of ammonia from concentrated waste. Whilst liquid-
liquid membrane contactor technology has been previously demonstrated for ammonia absorption, 
further process intensification can be achieved by incorporating crystallisation into transmembrane 
chemisorption to recover the ammonia as crystalline ammonium sulphate. Reactive crystallisation 
occurred in the draw solution (sulphuric acid) which was supplied to the lumen-side of the 
polypropylene hollow-fibre. The ammonium sulphate concentration in the draw solution increased 
through ammonia mass transfer to supersaturation, at which time induction (the onset of nucleation) 
commenced. Ammonia mass transfer at draw concentrations above the solubility limit was not limited 
provided sufficient ‘free’ sulphate was available. This resulted in nucleation which occurred at a low 
level of supersaturation (C/C*, 1.03) to produce small crystals of around 2.5 µm, which indicated that 
nucleation was favoured. The nucleation rate was found to be proportional to the ammonia flux in the 
draw solution. As the solution became more saturated, crystal number increased but crystal growth was 
comparatively small; this is symptomatic of reactive crystallisation, where the rate of reaction exceeds 
the rate of mass transfer. Due to the large difference in the ratio between the lumen internal diameter 
and the mean crystal diameter (            ,   ⁄ , ~180), no fibre clogging was observed despite 
facilitating crystallisation on the lumen-side of the membrane. Transmembrane chemisorption 
crystallisation presents a feasible process intensification for the selective separation of ammonia from 
environmental applications. For its integration into environmental applications, solutions to wetting and 
fouling remain due to associative interactions with the complex organic matrix that are practically 
achievable through engineering intervention. Subsequent transformation of ammonia into a crystalline 
phase of ammonium sulphate presents a new product which is of commercial interest. 




Ammonia rich liquid wastes presently form environmentally harmful liquid emissions [1], and ammonia 
air emissions arising from the same facilities have also been linked to a rise in local mortality rate [2]. 
Consequently, regulations have been imposed to control disposal of treated ammonia rich digestate, 
with new regulations soon to be introduced to control the upstream fate of ammonia rich wastes, which 
will favour anaerobic digestion (AD) over landfill [3,4]. Due to these environmental drivers, the 
ammonia concentrations to be treated are increasing in concentration, which is exacerbated by the 
hydrolysis of high protein content biomass [4]. However, ammonia is toxic to methanogens, which 
inhibits biogas production and reduces energy production [5]. High ammonia concentrations in the final 
digestate is also a problem for final disposal as its spreading to land is restricted based on nitrogen 
content, which considerably increases tankering costs [6]. The economic incentive of providing a 
selective ammonia separation is therefore three-fold: (i) improved biogas production due to the removal 
of inhibitory ammonia, (ii) the reduction in ammoniacal nitrogen content of the digestate permitting an 
increase in local spreading; and (iii) developing a new revenue stream from the production of a new 
ammonia product. 
Ammonia stripping is generally used for ammonia separation from slurries at full-scale [8-15]. 
This involves a two-stage process in which a high volume of air (exceeding 1100 m3air m-3water) is used 
within a packed column to liberate ammonia, with the arising ammonia enriched air subsequently 
passed into a second packed column for contacting with a sulphuric acid scrubbing solution that 
stabilises the ammonia as soluble ammonium sulphate: 
2     +        ⇌  (   )     (1) 
Membrane contactor technology, incorporates a hydrophobic microporous membrane that supports a 
similar separation mechanism. However, since the hydrophobic membrane can provide non-dispersive 
contact between two fluids, the membrane can mediate transfer of ammonia directly between the 
ammonia rich digestate and the acid solution. This obviates the need for air stripping, therefore 
eliminating one treatment stage, and due to the higher interfacial area that can be incorporated into 
membrane contactors compared to packed columns (around 40 times greater interfacial area per unit 
4 
volume), considerable process intensification can be achieved [13]. The facilitated transport of 
ammonia between two fluids using membrane contactors, termed ‘perstraction’ [14] or 
‘TransMembrane Chemisorption’ [15], has been studied by a number of authors. Although other acids 
have been demonstrated [16-18], almost all studies introduce the necessary chemical reaction to drive 
mass transfer through the introduction of a dilute sulphuric acid stream, of less than 5 % w/v [19-24]. 
This can achieve a maximum ammonium sulphate concentration of around 67 g (NH4)2SO4 L-1, and is 
analogous to the commercial operation of conventional packed column ammonia strippers [25]. 
However, since the resultant ammonium sulphate concentration is significantly below the solubility 
limit of the salt (around 764 g kg-1 @ 25 °C) [26], the end product comprises a considerable volume of 
dilute spent acid solution, rich in ammonium sulphate, which subsequently requires tankering and 
specialist disposal, incurring substantial cost. 
Kieffer et al. [27,28] first introduced the concept of chemically reactive membrane 
crystallisation in which the controlled mixing of two solutes is facilitated by the membrane, to govern 
the rate at which the solubility limit of the salt is exceeded, in order to control nucleation. In their study, 
an over pressure was used to meter potassium sulphate solution [27,28] through the pores of a 
hydrophilic (polyethersulphone) hollow fibre ultrafiltration membrane into a barium chloride solution 
contained within the fibre lumen. The sparingly soluble barium sulphate salt (BaSO4, 
0.000245 g 100 mL-1) was formed, which did not evidently initiate surface encrustation, and was 
successfully collected downstream provided the fibre lumen was of sufficient radii [27]. More recently, 
gas-liquid chemically-reactive membrane crystallisation has been demonstrated in which carbon 
dioxide diffuses through a hydrophobic (PTFE or polypropylene) membrane, into a reactive aqueous 
ammonia absorbent. Here, elevated membrane hydrophobicity lowers the free energy barrier for the 
formation of a critical nucleus, whilst a concentration gradient initiates at the porous wall through 
solute-solute counter diffusion, such that the controlled nucleation of ammonium bicarbonate was 
demonstrated [29]. 
In this study, we therefore propose to introduce chemically-reactive membrane crystallisation 
into the transmembrane chemisorption process for the separation and recovery of ammonia into 
crystalline ammonium sulphate within a single processing step. Whilst transmembrane chemisorption 
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is already notionally competitive versus conventional ammonia stripping methodologies due to the 
process intensification delivered, the capability of the membrane to facilitate the controlled nucleation 
and growth of crystalline ammonium sulphate, could significantly reduce the costs for ammonia 
saturated acid disposal, as disposal charges are generally based on ammonia load. The purification and 
consolidation of the ammonia into crystalline ammonium sulphate also changes the value proposition 
of the technology, since this can be used as a base chemical to numerous commercial applications [30]. 
Due to the high solubility of ammonium sulphate, elevated sulphuric acid concentrations are required 
to exceed the solubility limit and support the induction of heterogeneous nucleation at the membrane 
interface, which has not been previously studied in the literature. To date, most transmembrane 
chemisorption studies have deployed the feed within the fibre lumen [14]. However, in practice, for 
treatment of anaerobic digestate the feed should flow shell-side to simplify process operation in slurries 
[22]. Consequently, we propose to investigate lumen side crystallisation, analogous to Kieffer et al. 
[27,28] but using a hydrophobic membrane to provide the selective separation and transport of gas 
phase ammonia through the pore structure of the microporous wall to enable a counter diffusion 
chemical reaction between ammonia and sulphate to proceed adjacent to the membrane wall. This 
should favour the governance of heterogeneous nucleation at the fibre wall, where solid, liquid and 
gaseous phases intersect [29]. Particle size of the crystallised phase therefore becomes of critical 
importance, to limit fibre blocking but also because the market value of crystalline ammonium sulphate 
is reportedly size dependent [31]; the implementation of wide radius (I.D. = 1.2 mm) hydrophobic 
polypropylene microporous hollow fibres are therefore studied (Table 1). This will provide the first 
example of membrane crystallisation driven by chemical reaction, within a liquid-liquid membrane 
contactor configuration. As the product is highly soluble, the introduction of an antisolvent, in which 
ammonium sulphate is sparingly soluble, is also evaluated as a method to lower the solubility limit and 
increase product yield. Earlier studies have introduced the concept of antisolvent membrane 
crystallisation, in these an antisolvent is dosed into the crystallising solution through the pore structure 
of a membrane. The antisolvent dosing rate and therefore the rate of crystallisation is controlled by the 
pressure differential across the membrane between the shell and lumen [32,33]. Selection of a suitable 
antisolvent is crucial to any crystallisation process as it must be miscible with the main solvent used 
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whilst possessing sparing solubility of the solute to be precipitated. However, for use within a membrane 
contactor process it must also have additional suitable characteristics such as high surface tension, low 
volatility and high material compatibility so as not to influence the separation process. In the present 
research, the membrane is used to facilitate the ammonia-sulphuric acid reaction that occurs from the 
transport of ammonia across the membrane, which is expected to govern the rate of crystallisation, and 
we propose that an antisolvent can be introduced at a comparable rate to the inside of the lumen to 
increase yield whilst sustaining crystallisation within a metastable state. Specific objectives are 
therefore to: (i) investigate the influencing parameters for ammonia mass transfer, (ii) understand the 
influence on mass transfer resistance of increasing ammonium sulphate concentration on the draw side, 
(iii) demonstrate crystallisation of ammonium sulphate within the transmembrane chemisorption 
process for recovery of ammonia from an anaerobic rich analogue (at an environmentally relevant 
ammonia concentration), and; (iv) investigate the use of an antisolvent for additional control of 
supersaturation.  
2.  Materials and Methods 
2.1 Experimental set-up 
A single membrane fibre was potted within stainless steel connectors using a silicone sealant (E41, 
Elastosil, WACKER) and sealed in place with viton o-rings to ensure a liquid tight channel when placed 
in the custom module constructed of polyoxymethylene (POM) (Model Products, Bedford, UK). 
Polypropylene (PP) hydrophobic hollow fibre membranes (Accurel 300/1200) were used in all 
experiments (Table 1). The shell comprised a rectangular aperture (15 × 12 mm). Peristaltic pumps 
(Watson Marlow, UK) circulated the synthetic ammonia solution within the shell side and sulphuric 
acid solution within the lumen (Figure 1). Feed velocity was varied between 0.00095 and 0.04 m s-1 and 
the stripping solution velocity varied between 0.05 and 0.59 m s-1. Dimethylsulfoxide (DMSO) was 
dosed into the draw solution at 0.063 mL min-1 using a syringe pump (SP-50, Mettler Toledo, UK). All 
experiments were conducted at room temperature (23 °C ± 2).  
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2.2 Materials and methods 
Ammonium Sulphate (98 %), Ammonium Chloride (98+ %), Sulfuric Acid (95 %), Dimethylsulfoxide 
(DMSO) (99+ %), Methanol (> 95 %), Acetone (> 95 %) and 2-propanol (> 95 %) were purchased 
from common laboratory suppliers (Fisher, UK; Sigma Aldrich, UK) and used as received. De-ionized 
water exhibited a resistivity of 10 MΩ.cm at 25 °C produced from a Purelab option ELGA pure water 
system. Feed ammonia concentration was fixed by addition of ammonium chloride to deionised water, 
and the pH adjusted using sodium hydroxide. The stripping solution consisted of sulfuric acid (50 g, 
unless otherwise stated) in deionised water (1 L total volume). Either ammonium chloride or 
ammonium sulphate were added to the stripping solution in varying quantities to mimic different 
degrees of ammonia recovery. Solubility measurements were conducted by addition of “excess” 
ammonium sulphate of known mass to 50 g of solution with a defined composition of 
water : antisolvent. Equilibrium between the two phases was achieved by stirring the slurries at room 
temperature (23 °C) for 18 h before filtering and drying of the recovered solid at 100 °C for 18 h. The 
solute mass balance was then completed after weighing the recovered dry solid to determine the 
dissolved solid [34]. 
Concentration of ammonia in the feed and stripping solution was monitored using a photometric 
method (Spectroquant® cell test 114559, Merck, UK) and pH measured with a pH meter (4330, Jenway, 
Stone, UK). Solution surface tension was measured with a Force Tensiometer (K6, Krüss, DE) using 
the Du Noüy ring method at room temperature (23 °C ± 2) and the average of three repeats reported. 
Membrane porosity was measured using a glass pycnometer (Fisher, UK), water and 2-propanol 
according to the method proposed by Smolders and Franken [35]. Membrane pore size was determined 
using the pressure step/stability method (Porolux 1000, Porometer, Be) with Porefil (16.3 dyn cm-1) as 
the wetting liquid. Contact angle was measured using the sessile drop method (OCA25, DataPhysics, 
DE) immediately after placing a 2 μL drop of liquid on the membrane surface and is the average of 8 
discrete measurements. 
In-situ, real-time evaluation of crystalisation was undertaken using Focused Beam Reflectance 
Measurement (FBRM®) (G 400, Mettler-Toledo, UK), which provided chord length distributions. A 
8 
laser beam, rotated with high speed optics, set at 2 m s-1, scanned a circular path in the flow, with 
particles measured via diffuse backscattered light. The focused beam crosses a particle on any straight 
line between the two edge points to provide a chord length measurement for that particle. The chord 
length distribution (CLD) was determined with iC FBRM® software using a window size of 10 samples 
smoothing and corresponding to subcategorization into 100 bins for a range of 1-500 microns with a 
logarithmic regulation spacing applied. The measurement volume per second of the FBRM ( ) was 
approximated as a rectangular cuboid [36]:   =   ×    ×    (2) 
where   is scan speed of the laser (2 m s-1),    the laser diameter (5.8 x 10-6 m) and    the depth 
penetration of laser in solution (2 x 10-4 m) which were assumed to be constant throughout the 
experiment allowing for estimation of the detectable number density   / . 
An immersed video microscope probe (Particle Vision and Measurement (PVM) (ParticleView 
(V19®), Mettler-Toledo, UK) was also used, which utilises reflected light illumination (8 pulsed laser 
diodes (4 front and 4 back) to collect 2 µm resolution images with a field of view of 1300 μm x 890 μm 
(± 50 μm). The back scattered light was detected by a charge-coupled device (CCD) element to 
construct grayscale images of 1500 x 1024 pixels resolution. 
3. Theory 
Ammonia mass transport within a membrane contactor is composed of three resistances in series; feed 
side, membrane and permeate; the three steps comprising: (i) transfer of ammonia from the bulk solution 
across the boundary layer to the feed-side membrane surface; (ii) diffusion of ammonia gas through the 
membrane pores to the permeate side membrane-liquid interface and; (iii) reaction of ammonia with 
acid at the membrane stripping solution interface and diffusion of the salt into the bulk stripping 
solution. The overall mass transfer coefficient can therefore be described using a resistance in series 
model as [20]:  
1  = 1   + 1   + 1   (3) 
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where  is the overall mass transfer coefficient,   is the feed side mass transfer coefficient,   is the 
membrane mass transfer coefficient, and    is the permeate side mass transfer coefficient. For 
membrane contactors operated with shell side flow parallel to the hollow fibres, Hasanoğlu et al. [22] 
showed that the correlation of Prasad and Sirkar [38] (Equation 5) is valid for calculation of the feed 
side ammonia mass transfer coefficient (  ) for an outside-in hollow fibre configuration:  
 ℎ =       ,  =      (1 −  )      .    .   (4) 
where   is a constant previously determined as 5.8 for a hydrophobic membrane used in a liquid-liquid 
extraction process [13],   is the equivalent diameter,   is the hollow fibre packing density,   is the 
module length,    the Reynolds number,    the Schmidt number and   ,  the diffusion coefficient of 
ammonia in water (1.5 × 10-9 [39]). The Reynolds and Schmidt numbers can be calculated according to 
equations () and (): 
   =       (5) 
   =     ,  (6) 
where   is the solution velocity,   is the solution density and   the viscosity of the solution. The values 
for solution density and viscosity were determined from data in [40]. The hollow fibre packing density 
can be calculated using: 
  =       . .   ,   (7) 
where    is the number of hollow fibres,   . . the outer diameter of the hollow fibre and    ,  the 
internal diameter of the shell (the equivalent diameter    was used due to the rectangular nature of the 
shell used). The equivalent diameter of the shell can be calculated using: 
   = 1.3(  ) .   (  +  ) .   (8) 
where   and   are the length of either side of the rectangular duct. Estimation of the membrane mass 
transfer coefficient,   , was conducted using [20,41]: 
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   =        (9) 
where    is the diffusion coefficient of ammonia in the gas phase of the membrane pores,   is the 
porosity of the membrane,   is Henry’s constant relating the partitioning of ammonia concentration in 
the gas phase with the liquid phase ammonia concentration,   is the membrane wall thickness and   the 
tortuosity of the membrane which can be estimated from the porosity [42] according to the relationship: 
  = (2 −  )   (10) 
The gas diffusion through the membrane pores, defined by the diffusion coefficient   , can be 
described as either molecular diffusion, Knudsen diffusion or an intermediate between the two 
depending on the value of the Knudsen number: 
   =     (11) 
where   is the molecular mean free path length (76 nm [22]) and    the mean pore diameter of the 
membrane. For this work    was 0.18 indicating that the effect of Knudsen diffusion is minimal 
(   < 1). Therefore, the diffusion coefficient of ammonia in the gas phase (  , m2 s-1) through the 
membrane pores has been estimated using the relationship of Fuller, Schettler and Giddings [22,43]: 
   = 1 × 10    .      1   +   1    
  
   (∑  )   +  ∑        (12) 
where   is the temperature (K),    is the molecular weight of ammonia (0.017 kg mol-1),    the 
molecular weight of air (0.029 kg mol-1),   the pressure (Pa),    (1.49 × 10-5 m3) and   
(2.01 × 10-5 m3) the diffusion volumes for ammonia and air respectively [43]. The final resistance in 
series between the permeate side of the membrane and bulk stripping solution        is often ignored as 
the reaction of ammonia with sulfuric acid is fast and there is an excess of sulfuric acid in the stripping 
solution [20,22]. Therefore (2) reduces to: 
1  = 1   + 1   (131) 
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Finally, the ammonia-ammonium liquid phase equilibrium complicates mass transfer as a shift in the 
equilibrium will result in a change in the feed side resistance due to either more or less free ammonia 
available to diffuse across the liquid-vapour interface: 
NH3 + H2O ⇌ NH4+ +OH- (14) 
For unbuffered solutions, such as this work, the feed solution pH will change dependent on 
ammonia removal, and as such the ammonia-ammonium equilibrium, affecting the feed side mass 
transfer coefficient. To account for this Zhu [20] proposed: 
1  =   1   + 1    1      (152) 
where      is the fraction of free ammonia relative to the total concentration of ammonia and 
ammonium at the initial time. This work initially sets out to ascertain if the assumption of a negligible 
permeate side resistance        (Equations (13) and (15)) holds true when the composition of the 
stripping solution is modified to aid supersaturation and crystallisation of ammonium sulphate. 
Additional resistance to mass transfer imposed by varying stripping solution composition, or from 
crystal growth on the membrane surface would be detrimental to the overall process efficiency and 
would need to be understood in order to optimise mass transfer. To observe the effect of varying 
parameters on the overall mass transfer coefficient it was determined experimentally using: 
ln        =      (16) 
where    is the initial total ammonia concentration in the feed solution (mol L-1),    the total 
concentration of ammonia in the feed solution (mol L-1) at time   (s),   is the total membrane area (m2),   the mass transfer coefficient (m s-1) and   the volume of feed solution (m3) (derivation of (16) can 
be found in [44]).  
Having determined crystal number at increasing levels of supersaturation using FBRM, the 
change in crystal number (∆ ) over a prescribed time period (∆ ) can be calculated and the average 
nucleation rate becomes [37]: 
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 ( ,  ) = ∆ ∆  (17) 
The preference towards heterogeneous crystal nucleation on the membrane surface over that within the 
bulk solution was determined by comparison of the free energies of the two processes [29,45]: ∆    ∆     = 0.25(2 + cos )(1 − cos )   1 −   (1 + cos ) (1 − cos )    (18) 
where ∆     and ∆     are the free energies of heterogeneous and homogeneous nucleation,   the 
contact angle between liquid and membrane surface, and   the membrane porosity.  
4. Results & Discussion 
4.1 Influence of operating parameters on ammonia mass transfer  
An increase in feed solution pH provided the greatest enhancement in ammonia mass transfer, where  
increased from 0 to 0.51 × 10-5 m s-1 when the pH was raised from 8 to 11 (Figure 2a). This can be 
explained by the shift in the ammonia-ammonium equilibrium toward gas phase ammonia. At this 
temperature, the relative proportion of free ammonia within the feed solution at pH 11 was around 
97.5 % [26], which reduced feed side resistance due to the increased proportion of gas phase ammonia 
available for transfer from the bulk liquid to the gas phase of the membrane pores [14]. In practice, 
anaerobic digesters operate between 35 – 40 °C, which is above the feed temperature studied. The 
higher operating temperature will shift the acid dissociation constant in favour of ammonia, and will 
raise ammonia mass transfer at lower pH [5]. However, an increase, or decrease, in ammonia 
concentration from 3.1 gNH4+-N L-1 (and at equivalent pH and fluid velocity), did not impact on 
ammonia mass transfer (Figure 2b), which is comparable to previous observations [14]. The mass 
transfer coefficient developed in liquid-liquid perstraction is around two orders of magnitude below that 
described in gas-liquid mass transfer for analogous membrane contactor technology [46], due to the 
lower feed-side diffusion coefficient experienced in liquid rather than gas phase mass transfer. Slow 
diffusion coupled with the high solubility of ammonia in water [26], subsequently introduces resistance 
within the feed-side boundary layer such that mass transfer is dependent upon the availability of gas 
phase ammonia but is independent of the feed-side concentration, within the boundary conditions 
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studied; the feed-side concentration being comparable to those observed in full scale anaerobic matrices 
[5].  
Increasing the feed solution velocity did reduce mass transfer resistance at the feed side of the 
hydrophobic membrane with   increasing from 0.43 to 0.78×10-5 m s-1 when the feed solution velocity 
was raised from 0.00095 to 0.041 m s-1 (Figure 2c). This can be explained by the suppression of NH4+
and subsequent replenishment of new reactant (free NH3) within the boundary layer [19,29]. However, 
when the counter reactant (SO42-) is in excess, and because of the high solubility of ammonia in solution, 
the relative contribution of the feed velocity to mass transfer should be negligible [19]. This was 
evidenced by the curtailing of the enhancement to mass transfer above a feed velocity of 0.01 m s-1. A 
change in ammonia mass transfer was not observed, following an increase in draw solution velocity 
from 0.05 to 0.59 m s-1 (Figure 2d), which can be ascribed to the large excess of acid within the draw 
side boundary layer, combined with the fast kinetics of ammonia, introducing limited resistance to mass 
transfer [21]. Within the conditions studied, the model of Zhu et al. [20] (eq. 14) closely predicted 
ammonia mass transfer, confirming that mass transfer is primarily governed by the ionisation of 
ammonia in the feed (Figure 2). The relative independence of mass transfer from hydrodynamics is a 
unique case for this membrane contactor application, which would indicate that further optimisation 
would not yield significant change to the mass transfer coefficient; however, the substantive surface 
area per volume (around 10,000 m2 m-3) that can be achieved with contactors, enable over an order of 
magnitude process intensification versus packed column technology [46].  
4.2 Influence of draw-side ammonium sulphate concentration on resistance to mass transfer 
Whilst the feed comprises the primary resistance to mass transfer in this study as with others [14,16], 
an increase in draw-side resistance to mass transfer could occur during the accumulation of ammoniacal 
nitrogen in the draw-side toward crystallisation. Initial experiments were undertaken at sufficiently low 
acid concentration to avoid crystallisation and so determine the impact of a transition in concentration 
and reactivity in isolation (Figure 3). As the molar ratio of ammonium to sulphate increased within the 
draw solution from 0 to 0.75, the rate of mass transfer was not obviously impacted, which can be 
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explained by the presence of an excess of sulphuric acid (Figure 3a). Further increase in the 
(NH4+)2 : SO42- molar ratio to 1.0 and 1.5, decreased ammonia mass transfer significantly to 4.2x10-6
and 2.3x10-7 m s-1 respectively. Resistance in series analysis confirmed the primary resistance to mass 
transfer residing in the draw-side above an (NH4+)2 : SO42- molar ratio of 1.0 (Table 2). This can be 
explained by the draw-side pH, which demonstrated insufficient free acid available to enable the 
instantaneous reaction of ammonia to ammonium within the gas-liquid interface initiated at the 
draw-side of the membrane [19]. Whilst the inclusion of an additional resistance to mass transfer (1   ⁄ ) 
differs from earlier studies [16,17], this third resistance will be encountered at full-scale, even if not 
seeking to crystallise, through recirculation of the draw solution to ensure the economic utilisation of 
the acid.  
The impact of concentrating dissolved ammonium sulphate within the draw solution on mass 
transfer was studied by ensuring an excess of sulphuric acid (50 g) sufficient to sustain reactivity 
(Figure 3b). An increase in concentration was evaluated up to the solubility limit, of 42.5 wt% (at 
20 °C) [26]. The progressive increase in (NH4)2SO4 from 0 to 37 wt% did not evidently diminish mass 
transfer, which suggests chemically reactive crystallisation can proceed without an obvious impact upon 
mass transfer. However, such an increase in ammonium sulphate concentration could change the 
physical characteristics of the draw solution, such as the solution surface tension which would increase 
the probability for membrane wetting [46]. Draw solutions containing concentrated ammonium sulphate 
comprised an equivalent surface tension to water at this temperature (72 (±2) mN m-1) demonstrating 
the accumulation of (NH4)2SO4 to have a negligible impact on the non-dispersive contact induced by 
the membrane up to the salts solubility limit (Figure 4). Although this example has evidenced the 
application of sulphuric acid, future comparison with the application of alternative acids such as 
phosphoric and nitric would aid in probing the absorption and crystallisation mechanism due to the role 
different solution reactivities and chemistries (e.g. viscosity) play, particularly at the elevated acid 
concentrations required for crystallisation. 
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4.3 Identification and application of an antisolvent for control of supersaturation 
The use of methanol (MeOH) and dimethylsulfoxide (DMSO) as antisolvents was investigated to 
determine their suitability for lowering the solubility limit of ammonium sulphate and increase total 
product yield (Figure 5a). Inclusion of either methanol or DMSO exhibited a similar reduction in 
ammonium sulphate solubility. A 10% inclusion of antisolvent reduced the solubility product by 19%, 
whereas a 90 % reduction in solubility was observed with 40 vol% antisolvent added. For reference, 
this is greater than possible with cooling crystallisation due to the low solubility-temperature 
dependency of ammonium sulphate, in which a ∆T of 60°C corresponds to a reduction in solubility of 
only 20% [47]. The water liquid entry pressure for the polypropylene membrane is typical for a 
membrane contactor at 0.132 MPa (calculated from the Young-Laplace equation [48]). However, any 
lowering of solution surface tension through introduction of an antisolvent could induce breakthrough 
and subsequent mixing between the feed and draw solutions, due to the affinity of organic solvents for 
wetting low surface energy polymers such as polypropylene. The impact of DMSO on the relative 
change in solution surface tension was much lower compared to that of methanol [49], and would 
therefore be a more desirable antisolvent due to its lower propensity to invoke wetting of the membrane 
pores (Figure 5b). In addition, DMSO possesses a much lower vapour pressure (0.0556 kPa @ 20 °C) 
compared to methanol (13.02 kPa @ 20 °C) indicating a much lower propensity to diffuse across the 
liquid-vapour interface and contaminate the feed [26]. The impact of adding DMSO on mass transfer 
was investigated within the range 0 to 10% w/v, which is equivalent to reducing ammonium sulphate 
solubility from ~740 g kg-1 to ~530 g kg-1 (Figure 5a). An initial small decline in Kov from 0.43 to 
0.30×10-5 m s-1 was observed when DMSO was initially added to a concentration of 1 wt% (Figure 5c). 
However, the increase in DMSO concentration did not obviously diminish ammonia transfer across the 
membrane contactor. The maximum attainable ammonium sulphate yield can therefore be adjusted 
using either the reactant concentration to fix the maximum ammonium sulphate concentration that can 
be achieved in the bulk solution (Cmax,react), or to introduce an antisolvent to reduce the solubility limit 
(C*): 
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      =     ,      −  ∗    ,      (3) 
As an illustrative example, using 50% acid could enable up to 9.2M of ammonium sulphate to form 
(Cmax,react), which exceeds the solubility limit of 5.6M (C*), providing a theoretical recovery of 39% in 
crystalline form. Antisolvent addition of 10% DMSO reduces C* to 4M, thus increasing crystalline 
recovery to 57%. 
4.4 Demonstration of crystallisation within the transmembrane chemisorption process 
The simultaneous transfer of ammonia and subsequent crystallisation of ammonium sulphate was 
investigated to elucidate the reaction conditions necessary for heterogeneous nucleation and 
crystallisation within the transmembrane chemisorption process. In the first phase, for reactive 
crystallisation to proceed, the membrane contactor was started with a draw solution consisting of an 
undersaturated ammonium sulphate solution (C/C* = 0.99) comprising an excess of sulphuric acid 
(Figure 6). Ammonia transferred across the membrane from feed to draw solutions raising the 
concentration of ammonium sulphate to a supersaturation ratio (C/C*) of 1.03 within 8.5 h at which 
time crystallisation was first determined by FBRM, the distribution for which comprised a primary peak 
centred at a chord length of 2.5 μm (Figure 7a). Whilst crystal number increased with supersaturation 
level, chord length was predominantly below 10 µm (Figure 7a) which suggests favouring primary 
heterogeneous nucleation, over crystal growth [50]. This is supported by estimation of the free energy 
change enabled by the polypropylene membrane employed in this study (              , 128°; 
ɛ, 0.73) which confirms the thermodynamic favourability for supported heterogeneous nucleation 
(Equation (18). McLeod et al. [29] also demonstrated the potential significance of the reduction in 
surface free energy of their hydrophobic PTFE membrane to promoting crystal nucleation at low 
supersaturation ratios during reactive crystallisation [29]. Induction at a low level of supersaturation 
can be projected for ammonium sulphate due to its low interfacial energy (58.2 mJ m−2; [51]). However, 
dominant nucleation in this case can be accounted for by the ratio of reactivity to mass transfer 
(analogous to the Hatta number), which in this study is characterised by fast kinetics and also mass 
transfer such that the reactant is quickly consumed within the reaction zone, sufficient to limit the slow 
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process of crystal growth [45]. In this study, the initial nucleation rate was comparable to those 
identified in membrane distillation crystallisation [52] but declined in proportion with ammonia flux 
(Figure 7b). This can be explained by the progressive consumption of available acid, as evidenced by 
the increasing transient in draw-side pH (Figure 6a), which usefully demonstrates that reactive 
crystallisation is directly dependent upon ammonia mass transfer across the membrane contactor.  
Since the kinetics for ammonia mass transfer are zero order with respect to acid concentration 
[53], nucleation rate could be sustained at the same rate, through addition of excess reactant (acid). 
However, to improve the recovered yield, antisolvent addition is convenient, the crystallisation kinetics 
are then dependent upon the dose rate. Antisolvent dosing was instigated following cessation of the 
chemical reaction, at C/C* 1.06 (Figure 6) and re-initiation of ammonium sulphate crystallisation 
observed at a C/C* of 1.1 (Figure 9). Broader distributions for chord length were identified with 
antisolvent addition than during reactive crystallisation, the peak of the distribution initially centred at 
45 µm for C/C* 1.1 and shifting to 90 μm following higher rates of supersaturation (Figure 8a). Initial 
nucleation rate (112 x 106 N m-3 s-1) was an order of magnitude higher than during reactive 
crystallisation (Figure 8b), which was confirmed with FBRM by the higher number count observed for 
each distribution (Figure 8a). Previous examples of antisolvent membrane crystallisation have utilised 
the membrane as a means of controlling the rate of addition of antisolvent / crystallisation solution [33]. 
The crystal growth observed in this study following dosing of antisolvent post reactive crystallisation 
can be attributed to secondary nucleation effects [54], rather than nucleation initiated at the membrane 
surface and is thermodynamically favoured when seed crystals are available [54]. The high nucleation 
rate is attributable to the antisolvent dose rate employed, which was at the minimum of the syringe 
pump (63 µL min-1). As demonstrated, DMSO exhibits promising qualities for use as an antisolvent 
within the transmembrane chemisorption crystallisation reactor, reducing ammonium sulphate 
solubility whilst providing negligible impact on surface tension and minimising the impact on ammonia 
mass transfer. Scale-up of the membrane for reactive crystallisation could enable the controlled addition 
of DMSO at an analogous rate to that of the reaction, such that both reactivity and crystal yield can be 
optimised.  
18 
Few studies have demonstrated crystallisation at the permeate side of the membrane, 
particularly within the lumen of a hollow fibre; osmotic or thermal concentrative driving forces are 
generally applied to crystallise within the feed-side. In this application, lumen-side crystallisation is 
critical, as the feed matrix (anaerobic digestate) is too complex for introduction into the lumen. The 
ratio of chord length (around 10µm) to lumen ID (1800 µm) during reactive crystallisation was around       ⁄  0.006 which would indicate minimal probability for clogging. Use of PVM enabled real time 
determination of the crystal phase during antisolvent crystallisation (Figure 9). The orthorhombic 
structure of ammonium sulphate could be visually determined from the images, and discrete crystals 
with chord lengths conforming to those identified with FBRM. Similarly, the ratio       ⁄  of 0.06 would 
indicate negligible clogging, however, unlike during reactive crystallisation, crystal aggregates were 
produced (Figure 9a). Crystal aggregation can occur as a consequence of higher rates of nucleation [54], 
and can thus be controlled through lowering the rate of supersaturation. Nevertheless, during this study, 
retention of crystals within the fibre was not observed, which can be accounted for by the non-specific 
bond between membrane and crystal [45], and the limited physical restriction imposed by the wide 
diameter lumen employed. Although longer-term operation upon scale-up will inevitably result in some 
membrane wetting and scaling occurring from a build-up of precipitation in the fibre lumen, these 
results indicate that any required cleaning intervals would likely be infrequent and the non-specific 
bond between membrane and crystal indicates that standard chemical cleaning protocols would be a 
sufficient intervention. Ulbricht et al. [15] previously proposed crystallisation for transmembrane 
chemisorption but could not practically demonstrate this due to the temperature difference imposed 
(ΔT, 20 to 30 °C) to promote ammonia mass transfer. However, the vapour pressure gradient 
established also induced water transport across the membrane, diluting the acid [15]. In this study, water 
transport was not observed, due to the small difference in water vapour pressure between solutions, and 




This study provides the first demonstration of reactive crystallisation within a liquid-liquid membrane 
contactor for transmembrane chemisorption. The rate of nucleation in reactive crystallisation was found 
to be directly proportional to the ammonia flux across the membrane, which evidences the capability to 
manage the kinetic trajectory of crystallisation within membrane contactors. Whilst the rate of mass 
transfer (kl) is slow relative to gas-liquid membrane contactor applications, the overall mass transfer 
coefficient (Kla) can be improved upon by increasing the specific surface area. Due to the relationship 
established between nucleation rate and ammonia mass transfer, nucleation should be predictable upon 
scale up. However, upon increasing surface area and fibre number, additional implications from water 
transport and fluid hydrodynamics will also need to be resolved, requiring precise design of module and 
process characteristics before full-scale implementation can be achieved. To initiate the level of 
supersaturation needed to induce nucleation, this study presented the first evidence on the impact of 
ammonium sulphate accumulation in the draw solution on the resistance to mass transfer and found that 
provided an excess of sulphuric acid is maintained, ammonia mass transfer remains unhindered and 
transmembrane reactive crystallisation can proceed. Due to the solubility product of ammonium 
sulphate, concentrated solution of acid is required and can be practically employed in membrane 
contactors due to material compatibility, whereas application of concentrated acids to standard packed 
columns would be more difficult. Herein, the crystallisation process differs from previous membrane 
crystallisation examples as the crystallisation is driven by chemical reaction rather than thermal 
gradient. Thermal gradients are difficult to apply to high solubility salts particularly ammonium 
sulphate which comprises of a ‘flat’ solubility-temperature dependency, thus in this study, the rate of 
reaction is governed by ammonia flux and the application of an antisolvent can be used to govern the 
thermodynamic solubility limit. Economic improvements can be made through solvent re-use of 
antisolvent, for example, where the higher freezing could permit for its facile separation. Whilst 
transmembrane chemisorption has been applied at scale for ammonia recovery from wastewater [15], 
application of the integrated crystallisation to this and to a wider range of ammonia rich liquid wastes 
such as digestate will require particular consideration of the impact the feed solution chemistries will 
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have on the process. However, the ability to crystallise within the membrane lumen and operate with 
feed on the shell side allows for the application of configurations suitable for managing such high 
organic and solid content feeds; for example, submerged modules are widely utilised in MBR 
applications for solid-liquid separation. The final purified and transformed ammonium sulphate 
crystalline phase could be valued comparatively to other forms of ammonium sulphate applied as 
fertiliser, which are commonly derived from waste ammonia sources, and could provide an additional 
revenue stream from the recovered ammonium sulphate (~ € 0.61 kgN-1).  
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Figure 2. Effect of various process parameters on the overall mass transfer coefficient K (a) effect of 
feed pH, (b) effect of ammonium concentration in the feed, (c) effect of feed velocity and (d) effect of 
stripping solution velocity. (Standard Experimental Conditions: pHFeed = 11, [NH4-N]Feed = 3.1 g L
-1, 
[H2SO4]Draw = 50 g L
-1,      = 0.0028 m s-1 ,     = 0.29 m s-1). Model predicted from Equation 14. 
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Figure 3. Influence of draw solution composition on the overall mass transfer coefficient: (a) 
increasing NH4
+ concentration in the draw solution ([NH4Cl]Draw = 0 - 87.1 g L
-1 ; 
[H2SO4]Draw = 50 g L
-1; pHFeed = 11, [NH4-N]Feed = 3.1 g L
-1,       = 0.011 m s-1 ,     = 0.29 m s-1), 
(b) increasing (NH4)2SO4 concentration in the draw solution ([(NH4)2SO4]Draw = 0 - 450 g L
-1; 
[H2SO4]Draw = 50 g L
-1; pHFeed = 11, [NH4-N]Feed = 3.1 g L
-1,      = 0.011 m s-1 ,     = 0.29 m s-1). 
Model predicted from Equation 14. Data points represent the average of three discrete experiments 
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Figure 4. Effect of increasing ammonium sulphate concentration on solution surface tension. Data 
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Figure 5. Anti-solvent characteristics: (a) Reduction in solubility; (b) relative change in solution 
surface tension; (c) effect on mass transfer coefficient ([DMSO]Draw = 0 – 10 wt%, 
[H2SO4]Draw = 50 g L
-1, pHFeed = 11, [NH4-N]Feed = 3.1 g L
-1,      = 0.0028 m s-1,      = 0.29 m s-1). Data points represent the average of three discrete samples and error bars 
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Figure 6. Ammonium concentration of the (a) draw and (b) feed solution over the course of the 
experiment and the relative supersaturation ratio of the draw solution (C/C*) (Standard Experimental 
Conditions: pHFeed = 11, [NH4-N]Feed = 3.1 g L
-1,[(NH4)2SO4]Draw = 748 g L
-1, [H2SO4]Draw = 50 g L












































































































































Figure 7. Analysis of FBRM data for the reactive crystallisation (a) crystal size distribution and (b) 
crystal nucleation rate compared to ammonia flux. Reduction in the crystal nucleation rate is 
proportional to ammonia mass transfer for the reactive crystallisation. 
Figure 8. Analysis of FBRM data for anti-solvent crystallisation (a) crystal size distribution and (b) 
crystal nucleation rate compared to the relative rate of addition of DMSO. Reduction in the crystal 



















































































































































































Figure 9. In-situ PVM images of ammonium sulphate crystals formed in the draw solution whilst 
recycled through the membrane lumen during anti-solvent crystallisation. Images taken at (a) 49 h; 
C/C* =1.09 and (d) 68 h; C/C* = 1.35. 
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Tables 
Table 1. Membrane Material Details. 
Properties  Units Dimensions/ attributes 
Membrane Type Accurel PP 300/1200 
Material Polypropylene 
Fiber Dimensions  (μm) 
Wall thickness 300 
Internal diameter 1200 
Outer diameter 1800 
Measured Mean Pore Size  (μm) 0.45 
Surface Area   (m2) 9.33 × 10-4
Membrane Length  (m) 0.165 
Measured Porosity  (%) 73 ± 2 
Measured water contact angle  (°) 131 
Table 2. Transition in resistance to mass transfer upon increasing draw-side concentration 
(NH4+)2: SO42- 1/KOV 1/kf a,b1/km 1/kp
Ratio s m-1 (%) s m-1 (%) s m-1 (%) s m-1 (%) 
<0.75 153,846 100 28275 18.4 125,571 81.6 cn/a n/a 
1.0 238,095 100 28275 11.9 125,571 52.7 84,249 35.4 
1.5 4,761,905 100 28275 0.59 125,571 2.6 4,608,059 96.8 
aBased on Equation 8, where Dm 4x10-6 m2 s-1, ɛ 0.73, H 1.8x10-3, τ 2.25, δ 300x10-6 m. b1/km of 97456 determined 
by Wilson plot. cAssumed negligible. 
